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Abstract

In the membrane distillation (MD) literature, the heat transfer coefficients of the boundary layers are usually es-
timated from well known heat transfer empirical correlations developed for non-porous and rigid heat exchangers. A
difference between the mechanism of heat transfer in MD systems, which is coupled with transmembrane mass transfer,
and the mechanism of heat transfer in “pure” heat exchangers is expected to exist. Vacuum membrane distillation has
been experimentally studied in a capillary membrane module and the heat transfer coefficients have been evaluated in
both the lumen and the shell side of the membrane module. A critical review of the most frequently used heat transfer
empirical correlations in MD systems is presented. Finally, the experimental results obtained in this paper are compared
to those of literature, in order to test their applicability in membrane distillation systems.
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1. Introduction

The separation process known as membrane distil-
lation (MD) usually refers to a thermally driven trans-
port of water vapour through a porous hydrophobic
partition [1]. One side of the partition (the feed side) is
always in contact with an aqueous solution. The other
side (the permeate side) may be brought into contact
with four different phases: (1) With an aqueous solution,
giving rise to the configuration called direct contact
membrane distillation (DCMD). (2) With a sweeping
gas. In this case the process is termed Sweeping gas
membrane distillation (SGMD). (3) With a stagnant air
gap plus a cold plate. This configuration is called air gap
membrane distillation (AGMD). (4) With a vacuum
volume. The process is called in this case vacuum
membrane distillation (VMD). In the first case
(DCMD), the transport mechanism is as follows: the
membrane material is water repellent, so liquid water
cannot enter the pores unless a hydrostatic pressure,
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exceeding the so-called “liquid entry pressure of water
(LEP,,)” is applied [2]. In the absence of such a pressure,
a liquid—vapour interface is formed at the entrances of
the pores. If a temperature difference is maintained be-
tween both sides of the membrane, a water vapour
pressure difference appears. As a result, water molecules
evaporate at the hot interface, cross the membrane in
vapour phase and condense in the cold side. In the other
cases, the cold liquid is substituted and the water mol-
ecules are removed and recovered in an external con-
denser. In all cases, there is a net transmembrane water
flux.

The process of MD, which may be used to produce
ultra-pure water or to get the concentration of a deter-
mined non-volatile component from an aqueous solu-
tion, may be carried out with the above cited
experimental configurations. Each one of these possi-
bilities has its advantages and inconveniences [1]. In a
VMD configuration, the diffusion of the water vapour
inside the pores is favoured. In addition, there is not
boundary layer in the vacuum side and this implies a
decrease in the heat conducted through the membrane.
In other words, this configuration combines two ad-
vantages: a very low conductive heat loss with a reduced
mass transfer resistance. But there is one inconvenience:
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Nomenclature

a characteristic constant

B global MD coefficient (kg/m?sPa)

B net MD coefficient (kg/m? s Pa)
characteristic constant

c characteristic constant

dn hydraulic diameter (m)

Gr Grashof number

Gz Graetz number

hy, heat transfer coefficient (W/m? K)

AH, heat of vapourisation of water (J/kg)
Jj number of experimental data points

ky thermal conductivity of water (W/m K)
L channel length (m)

M molecular mass of water (kg/mol)

N MD water flux (kg/m?s)

Nu Nusselt number

P pressure (Pa)

Pr Prandtl number

P, water vapour pressure (Pa)

P vacuum pressure (Pa)

r pore size (m)

R gas constant (J/mol K)

Re Reynolds number

T temperature (K)

Ty temperature of the water in the bulk phase
(K)

T temperature of the water in the membrane
surface (K)

Uy water circulation velocity (m/s)

Greek symbols

1) membrane thickness (m)

e fractional void volume

A mean free path of water molecule (m)
My water dynamic viscosity (kg/m-s)

0 yaw angle of the membrane module
Oy minimum weighted standard deviation
T pore tortuosity

the existence of a vacuum side may favour the wetting of
the membrane pores. An examination of the literature
permits to assert that the DCMD has been the config-
uration more studied, as opposed with the VMD, which
has deserved less attention.

On the other hand, in the MD literature, the heat
transfer coefficients of the boundary layers are usually
estimated from well-known heat transfer empirical cor-
relations. These correlations have been obtained, and,
consequently, are valid only for non-porous and rigid
heat exchangers. On the contrary, the membrane surface
is porous and not rigid. So, in principle, it is expected to
exist a difference between the mechanisms of heat
transfer in MD systems and in “pure” heat exchangers,
for which the correlation equations were developed. In
addition, in a MD system, the heat transfer is coupled
with a mass transfer [1]. As a consequence, the appli-
cability of those empirical correlations to MD processes
should be questioned.

With this in mind, in the present paper we have
studied the VMD phenomenon in a shell-and-tube
capillary membrane module and using pure water as
feed solution. This module resembles the shell-and-tube
heat exchangers, except that capillary membranes re-
place the impermeable tubes. Different experimental
conditions referring to temperature and water circula-
tion velocity inside the module, both in the lumen and in
the shell side have been considered. A procedure, which
permits to calculate the liquid heat transfer coefficient in
both shell and lumen side of the membrane module, has
been used. The temperature polarisation effect, the
mechanisms of heat and mass transfer through the sys-

tem and the physical nature of the transmembrane flow
have been considered. The experimental heat transfer
equations, obtained in terms of Nusselt, Reynolds and
Prandtl numbers, were compared with the heat transfer
empirical correlations most frequently used in MD
publications.

2. Experimental

The experimental device used may be seen in Fig. 1.
The central part is a commercial shell-and-tube capil-
lary membrane module MDO020CP2N, supplied by
Mycrodyn. Basically it consists of a set of equal poly-
propylene porous hydrophobic capillaries. Its principal
characteristics, as specified by the manufacturer, are as
follows:

Number of capillaries: 40; membrane pore size: 0.2
um; inner capillary diameter: 1.8 mm; outer capillary
diameter: 2.6 mm; effective filtration area of the mem-
brane: 0.1 m?; LEP,: 140 kPa; fractional void volume:
70%; length of capillaries: 470 mm.

Pure water (deionised and distilled) was employed in
the experiments.

The temperature of the liquid feed was measured at
the inlet and at the outlet of the membrane module.
These temperatures were measured continuously, in
steady state, with Pt100 probes connected to a digital
multimeter Keithley 199, with an accuracy of +0.1 °C.
The liquid inlet temperature was controlled by a ther-
mostat Lauda K20KS connected to a heat exchanger
located between the pump and the membrane module.
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Fig. 1. Schema of the experimental set-up. (CMM) capillary
membrane module; (FC) feed container; (HE) heat exchanger;
(T) thermostat; (FCP) feed circulation pump; (V) valve; (F)
flowmeter; (CT) cold trap; (VP) vacuum pump; (VM) vacuum
manometer; (VC) vacuum controller; (M) manometer and (Pt)
Pt-100 probe.

The liquid feed was circulated with a circulation
pump March TE-5.5C.MD and the feed flow was mea-
sured with a flowmeter Tecfluid TCP 316-0630, with
precision £2%. The volume of water in the feed side was
measured with a graduate tube connected to the feed
container. The whole system was entirely insulated in
order to minimise the heat lost to the surroundings.

A vacuum pump (MacLeod Model B2) with a pres-
sure controller was connected to the permeate side of the
membrane module to remove the water vapour flux.
Two glass cold traps containing liquid nitrogen were
connected in series to recover the water vapour. A cal-
ibrated vacuum manometer Wika Tronic Transmitter
was used to measure the pressure at the permeate side of
the module. The pressure gradient through the mem-
brane was controlled continuously with two manometers
placed in the feed side, at the inlet and outlet of the
module.

The flux of distilled water was calculated, in every
case, by measuring the decrease of the feed volume every
ten minutes, during three hours, and adjusting the ex-
perimental pairs of data {volume-time} to a straight line
by a least squares method. The correlation coefficient
was always better than 0.999, which means that the
procedure is adequate. The total volume of water lost in
the feed container was compared to the volume of per-

meate collected and weighted at the end of each exper-
imental run. The agreement was good (5% in the worst
case). In fact, these procedures permit to detect any
membrane wetting as well as any water lost evaporated
from the feed container. Note that in Fig. 1, the feed
liquid is circulated in the lumen side and vacuum is
applied in the shell side of the membrane module.
Changing the connections of the tubes permits to get the
configuration corresponding to water flowing in shell
side.

3. Theory

The system to be studied consists of an array of
capillary porous hydrophobic membranes, assembled
together in a shell-and-tube module. Each membrane is
held between two chambers. One of the chambers is
circulated by hot water and the other is connected to a
vacuum pump. In these conditions, a transmembrane
water vapour pressure difference is created. Mass
transfer through the membrane, by a MD mechanism,
takes place due to the convective and/or diffusive
transport of water vapour across the membrane pores,
the driving force being the difference in vapour pressure.

The transmembrane mass transfer, in a general MD
process, may be explained, in principle, according to
different possibilities [1,3-5]: the Knudsen flow model,
the Poiseuille flow model, the diffusion-in-air flow
model, or any combination among them. In a VMD
configuration, the molecular diffusion model is not ad-
equate due to the very low value of the partial pressure
of the air inside the pores. Consequently, the Knudsen
and Poiseuille models should be chosen as more ap-
propriated. These models suggest a linear relationship
between the water flux, N, and the transmembrane water
vapour pressure difference, AP’ [1-3]:

N =BAP = B'P(T.) — R (1)

where B’ is called net MD coefficient, P, is the pressure in
the vacuum side and P, (7},) is the water vapour pressure
in the membrane surface, at the temperature 7},. Coef-
ficient B’ depends on temperature as well as on some
geometric characteristics of the membrane.

As it is well known, the water vapour pressure at
the liquid/vapour interface (in Pa) may be related with
the temperature (in K), by using the Antoine’s equa-
tion:

©)

3816.44
P,(T) = exp (23.1964 — )

—46.13+T

When writing Eq. (2), the curvature of the liquid/vapour
surface is assumed to have negligible effects on the
equation as compared to the flat surface state [1].
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In the present VMD configuration, with a membrane
having small pores, the mean free path of water mole-
cules, A, can reach relatively high values, because of the
dependence of 4 on P~'. In the considered conditions,
for temperatures ranging between 30 and 65 °C, the
mean free path of water molecules varies between 2.8
and 3.4 um. On the other hand, the pore size of the
membrane is 0.2 pm. This means that the Knudsen
number, defined as the ratio between the mean free path
and the pore size, varies from 14 to 17. Consequently,
the molecule-pore wall collisions are dominant with re-
spect to the molecule-molecule collisions. In this case,
the Kinetic Theory of Gases, or more exactly the Dusty
Gas Model, suggest that there is a Knudsen type diffu-
sion of water molecules through the membrane pores
and the following explicit expression for the coefficient
B’ is achieved [1,3,6,7]:

re MN\"?
B =1064- 2. (2 3
ot <RT) 3)

In this equation, r is the pore size, ¢ is the fractional void
volume of the membrane, ¢ is the membrane thickness, t
is the pore tortuosity, M is the water molecular mass and
R is the gas constant.

It is worth quoting that in a VMD process, there is a
heat transfer coupled with the mass transfer. This heat
transfer occurs by two major mechanisms [1,3]: (1) the
latent heat transfer accompanying the transmembrane
vapour flux, and (2) the heat transferred by conduction
through the membrane matrix. Consequently, there is a
rather complex relationship between both heat and mass
transfer. This problem is related and involved with the
presence of an unstirred boundary layer that adjoins the
membrane at the feed side. This implies that the tem-
perature at the membrane surface, 7,,, is lower than the
corresponding value at the well-stirred bulk phase, T.
The phenomenon is called “temperature polarisation”
and masks the real magnitude of the driving force [1-
3,8-10].

The transmembrane flux may be related with 4, the
heat transfer coefficient of the water in the layer, from
the feed bulk to the membrane surface. In order to do
that, we must equalise, in steady state, the heat trans-
ferred through the liquid boundary layer and the energy
transported through the membrane [3,11]:

hw(Ty — T,,) = NAH, (4)

where AH, is the heat of vapourisation of water. In the
last equation, the contribution of the heat conducted
through the membrane matrix has been neglected, ac-
cording to [1,11]. It is worth noticing that the value of T,
can be measured but, on the contrary, T, cannot be, due
to the presence of the feed boundary layer.

The numerical influence of the temperature polari-
sation effect may be taken into account by two methods:

(1) By means of an iterative method from Egs. (1)-(3).
In order to do that, a temperature corresponding
to the mean value between the temperatures in both
chambers was used as a first choice. This value was
used in Eq. (3) to obtain a first value of the coeffi-
cient B'. Then, according to Eq. (1), the obtained va-
lue of B’ was used to get a value of P, (7). Finally,
Antoine’s equation (2) is used to get a new value
of 7). This process is repeated many times until an
invariant value of the temperature, at the membrane
surface, is reached. Then, the heat transfer coefli-
cient may be calculated according to Eq. (4) and
converted into the corresponding value of the Nus-
selt number, Nu = hy, - dy, /ky,, being dj, the hydraulic
diameter and k,, the thermal conductivity.

(2) Eq. (1) may be rewritten as [1-5]:

N = B'AP' = BAP (5)

where B’ is the net MD coefficient, B is the global
MD coefficient, which takes into consideration the
temperature polarisation and can be easily calcu-
lated from the experimental data; AP’ is the trans-
membrane vapour pressure difference between the
membrane surface and the permeate side and AP is
the vapour pressure difference between the bulk
phase and the permeate side.

As it is well known, the MD experiments state that
the MD flux and, consequently, the global MD coeffi-
cient increase with the water circulation velocity. This is
due to the decrease of the temperature polarisation ef-
fects. The contribution of the boundary layers to the
decrease of the thermal effects in MD has been studied
extensively [1-5,7-13]. The method proposed is based on
the fact that the thickness of the boundary layer de-
creases with the flow rate (i.e. circulation velocity). By
performing measurements of the MD flux at different
circulation velocities and extrapolating the data to an
infinite velocity, the temperature polarisation effect was
estimated.

In previous papers [2,12] the following relationship
can be achieved.

%:%+% (6)
where A4, and A4, are functions depending on the system
parameters, v, is the circulation velocity and » is a
positive dimensionless number. Eq. (6) was obtained
from the study of heat transfer through the thermal
boundary layer and from the dependence of the Nusselt
number, which is proportional to the heat transfer co-
efficient, on the Reynolds number, which is proportional
to the circulation velocity. According to Eq. (6), the
value of the MD flux that would correspond to an in-
finite circulation velocity (N,,), in absence of polarisa-
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tion effects, may be obtained from the parameter A4,
(4o = 1/Ny). In this case the temperature polarisation
coefficient is the ratio Ny/N.

For a given transmembrane vapour pressure, Eq. (6)
may be written as
1 A,

_:A6+

5 ™)

vy
where Aj, and 4| are functions depending on the system
parameters. From the value 4;, the net MD coefficient,
B', may be obtained (B' = 1/4;).

As it has been already said, the heat transfer coeffi-
cients are usually estimated, in MD studies, from the
“adequate” empirical correlations according to the flow
regime. These correlations were obtained for non-
porous and rigid heat exchangers. On the contrary, the
membrane surface is porous and not rigid, so, in prin-
ciple, those correlations could not be valid as the ex-
perimental conditions are different.

The empirical equations employed are usually written
in this simplified form:

Nu=a-Re" - P (8)

where, Re and Pr are the Reynolds and Prandtl numbers,
and a, b, and ¢ are characteristic constants of the module
design and liquid flow regime [14,15].

In what follows, the most useful correlation equa-
tions employed in MD studies will be listed. It is worth
quoting that the liquid feed may be circulated along the
shell side or in the lumen side. This can influence the
heat transfer mechanism. Consequently, both possibili-
ties will be considered separately:

3.1. Internal flow (liquid flowing in the lumen side)

3.1.1. Laminar flow

In this case the Nusselt number increases with the
quantity (Re - Pr - d,/L), where L is the channel length.
At high values of this quantity, the Hausen equation was
used in Refs. [10,16]:

0.0668 - (Re - Pr - dy /L)

Nu = 3.66 + 8 9)
1+0.045- (Re - Pr-dy/L)"
Other authors [17,18] utilise the equation:
0.036 - (Re - Pr-dy/L
Nu = 4.36 (Re h/L) (10)

+
1+0.0011- (Re- Pr-dy/L)"®

It is worth noticing that the Nusselt number approaches
asymptotically to a lower limiting value as the quantity
(RePrdyL) is reduced. This value is 4.36 for constant
heat flux and is 3.66 for constant surface temperature
[14].

For low values of the quantity (Re Prd,L), the Sieder
and Tate equation was used in Refs. [19,20]:

Nu=186(Re-Pr-dy/L)"? (11)

The Léveque equation has been also utilised in Refs.
[21-23]:

Nu=1.62-(Re-Pr-dy/L)"? (12)

If the influence of the free convection is important, the
following relationship was proposed in Refs. [17,24]:

Nu=1.75-{Gz+0.04 - [(dy/L) - Gr- Pr|""}' (13)

where Gz is the Graetz number, and Gr is the Grashof
number [14,15].

In all these equations, the bulk temperature is used. If
a great temperature difference between the bulk and the
membrane wall is present, most authors employ a cor-
rection factor (,/ ,ugv)o'14 in the right side of the equa-
tions, where p,, is the water dynamic viscosity at the
bulk phase and u is the corresponding value at the
membrane surface.

3.1.2. Turbulent flow

The phenomena involved in the case of turbulent
forced convection are very complexes and different em-
pirical equations have been used. For example, the
Dittus—Boelter equation was utilised in Refs. [1,3,19]:

Nu = 0.023 - Ré*> - P (14)

where m is 0.4, for heating, and 0.3, for cooling.

A different possibility, the correlation proposed by
Sieder and Tate [14], was proposed to perform MD
theoretical models in Ref. [1]:

Nu = 0.027 - Re*> - P (u, /il )™ (15)

W

The above equations may be modified to take into ac-
count the entrance effects, which are important in the
case of short tubes [1,14,15].

3.1.3. Transitional flow

In this case, the heat transfer coefficients are difficult
to predict because of the fluctuations in the heat transfer
and the instabilities in the flow. One attempt of corre-
lation for this region is due to Hausen [25]:

Nu=0.116 - (Re** — 125) - P/'/* - [1 + (dy /L))
(/)™ (16)

It is worth quoting that this equation has received no
attention, in studies of MD, in spite of the fact that most
of MD systems have Reynolds numbers in this range.

3.2. External flow (liquid flowing in the shell side)

As it has been already said, in the case of MD tubular
modules, the heat transfer mechanism is different when
the liquid flows in the shell side or in the tube side.
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For flows in the shell side of capillaries tubular
modules, parallel and cross flow may occur simulta-
neously. In these cases, Groehn proposed the following
correlation for cylindrical heat exchangers that are not
normal to the flow:

Nu = 0.206 - (Re - cos 0)*% . p3 (17)

where 0 is the yaw angle, which varies between 0°, for
pure cross-flow, and 90°, for pure parallel flow [14].

4. Results and discussion

In the present paper, the MD flux has been measured
for different values of the circulation velocity and the
temperature of the feed at the inlet of the membrane
module. The influence of the vacuum pressure in the
permeate side was extensively studied by other authors
in previous works [7,26]. It is worth quoting that the
hydraulic circulation conditions vary depending whether
the feed is circulated in the shell side or in the lumen side
of the membrane module. According to this, two sets of
experiments were carried out. Each set consists of two
series of experiments. In the first series, the feed circu-
lation velocity was varied between 0.2 and 1.0 m/s for
each one of the following water inlet temperatures: 40,
50, 60 and 65 °C. In this case, the generated Reynolds
numbers range from 570 to 4831, for water flowing in
the lumen side and from 268 to 2263, for water flowing
in the shell side. In the second series, the water inlet
temperature was varied between 35 and 65 °C, with steps
of 5 K, for feed circulation velocities 0.6 and 1.0 m/s, to
give Prandtl numbers ranging between 5 and 2.7. In all
the experiments, the pressure in the vacuum side was
maintained constant to a value of 4000 Pa with precision
+5%.

The purposes of these sets of measurements were: (i)
to study the influence of the varying parameters, water
tangential velocity and temperature, on the MD flux; (ii)
to calculate the heat transfer coefficient of the boundary
layer, as function of these parameters, and (iii) to test the
applicability of the empirical correlations presented in
the Section 3 to VMD processes.

The experimental results may be seen in Figs. 2-4. It
must be pointed out that the error bars corresponding to
each point have not been shown because they are ap-
proximately equal to the size of the points (<4%).

Figs. 2 and 3 show the experimental values of the
MD flux as function of the water circulation velocity,
with the liquid inlet temperature as parameter. Fig. 2
refers to the water circulating in the shell side and Fig. 3
in the lumen side. In both cases the MD flux increases
with the feed circulation velocity and with the water inlet
temperature. This trend has been reported previously for
various MD processes in Refs. [1,2,7,11,27]. The de-
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Fig. 2. MD flux (N) as function of the water circulation velocity
(vy) through the shell side of the membrane module, for different
water inlet temperatures (7yi,): (X) for Ty, = 40 °C; (@) for
Tywin = 50 °C; (A) for Ty, = 60 °C and (M) for T, = 65 °C.
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Fig. 3. MD flux (V) as function of the water circulation velocity
(vy) through the lumen side of the membrane module, for dif-
ferent water inlet temperatures (7y;,): (X) for Ty, = 40 °C; (@)
for Tyin = 50 °C; (A) for T, = 60 °C and (M) for Ty, = 65 °C.
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Fig. 4. MD flux (N) as function of the water inlet temperature
(Tyin), for water circulation velocity (vy,) of 0.6 m/s (A, A) and 1
m/s (O, W). (A, O) for water in shell side and (A, H) for water
in lumen side. The lines are the Arrhenius fits of the data.

pendence of the MD flux on the circulation velocity
confirms the presence of the boundary layers in the feed
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side. Besides, the relative influence of the feed circulation
velocity on the MD flux increases with the temperature.
This effect can be attributed to the higher water vapour
pressure sensitivity at higher temperatures. Moreover,
the MD flux is greater when the liquid feed is circulated
in the lumen side than in the shell side. This may be due
to the higher Reynolds numbers achieved when water is
circulating in the lumen side of the membrane module in
comparison to the shell side Reynolds numbers. At
higher Reynolds numbers higher heat transfers from the
bulk feed to the membrane surface and the temperature
at the membrane surface approaches to the corre-
sponding temperature in the bulk phases leading to
greater MD flux. It must be mentioned that the tem-
perature drop observed at the feed side between the inlet
and the outlet of the membrane module is lower in the
case of water flowing in the lumen side than in the shell
side: 2.7-5.8% (lumen side) as compared with 4.1-7.5%
(shell side). These numerical values are dependent on the
water inlet temperature and circulation velocity.

Fig. 4 shows the experimental values of the MD flux
as function of the water inlet temperature, with the feed
circulation velocity as a parameter, for either shell and
lumen flow sides of the membrane module. Again, the
data show that the MD flux increases with both the feed
circulation velocity and the water inlet temperature. This
behaviour, which has been observed in DCMD [19] and
SGMD [4,5] configurations, may be explained by the
exponential relationship between temperature and va-
pour pressure shown in Eq. (2). The lines in Fig. 4
represent the fit of the experimental data to an Arrhe-
nius type of dependence [N o exp(—AH,/RTy)], with
values of the correlation coefficient greater than 0.99,
which suggests that the procedure is adequate. This type
of dependence between MD flux and temperature has
been used in other MD studies [3,8,28].

According to the second method presented in the
Section 3, in Fig. 5 the reciprocal of the global MD
coefficient is plotted as function of the inverse of the
water circulation velocity, raised to the power n. The
values of B were obtained from the experimental data
presented in Fig. 2, that is, for water flowing in the shell
side. The numerical value of the exponent # is chosen as
that giving the best linear fit of the experimental data
points. This procedure was applied, for each water
temperature.

The obtained n values were found to vary between
0.57 and 0.60 and the correlation coefficients were, at
least, 0.994.

As (1/vy)" approaches to zero, which means that the
water circulation velocity goes to infinity, the tempera-
ture at the membrane surface approaches the tempera-
ture at the bulk phase. In other words, the net and
global MD coefficients become equal, B’ = B [2,12]. In
this case, from the intercept of the graphs in Fig. 5, the
net MD coefficients may be obtained, for each water

0.40 1

0.38

0.35

1/B (10’ ni’.s.Pa/kg)

0.20 n L n L n L n L n )
0.5 1.0 1.5 2.0 2.5 3.0

vy (m/s)™

Fig. 5. Reciprocal of the global MD coefficient (1/B) versus
(1/47), for different water temperatures: 40 °C (@); 50 °C (O);
60 °C (A) and 65 °C (H). The solid lines represent the best lineal
fits of the data.

temperature. The obtained B’ values together with their
standard errors are: (4.85+0.05) (1077 kg/m?sPa),
(4.70£0.06) (1077 kg/m?>sPa), (4.55+0.09) (1077 kg/
m?sPa) and (4.46%0.11) (1077 kg/m?sPa), for water
temperature of 40, 50, 60 and 65 °C, respectively. The
net MD coefficient decreases slightly with temperature.
This trend agrees with the Knudsen diffusion model
discussed previously. It must be pointed out that the
obtained values of B’ are close to the theoretical ones
calculated from Eq. (3) and assuming a tortuosity factor
of 2 as it was suggested in [7,29]. To be more rigorous,
the experimental values of B’ were lower than the pre-
dicted ones to within 1% and 6%, over the temperature
range investigated. This means that the procedure is
adequate. Note that this procedure is difficult to use in
the case of water flowing in the lumen side, because of
changes in the nature of the flow regime.

According to Eq. (4), the values of the fluxes may be
converted into the corresponding values of the heat
transfer coefficient of the liquid feed boundary layer. It
was observed that an increase in the water circulation
velocity is accompanied by an increase in the MD flux
and a corresponding increase in the heat transfer coef-
ficient. This can be attributed to a reduction in the
temperature polarisation effect [1-3]. As the heat trans-
fer coefficient increases, the temperature at the mem-
brane surface approaches to the bulk temperature and
the vapour pressure driving force increases. Moreover,
as observed for the MD flux, the heat transfer coefficient
is greater when the liquid feed is circulated in the lumen
side, and increases with the water temperature.

Finally the heat transfer coefficient was expressed as
the dimensionless Nusselt number. The constants a, b
and c¢ appearing in Eq. (8) were determined as follows:
First, a log-log plot of Nusselt number versus Reynolds
number is made to estimate the dependence of the heat
transfer on the Reynolds number, that is, on the water
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2.4 2.6 2.8 3.0 32 34 3.6
log (Re)

Fig. 6. log(Nu) versus log(Re) for constant water inlet tem-
perature 40 °C (x), 50 °C (@), 60 °C (A) and 65 °C (H). The
solid lines are linear fits of the data in shell side.

circulation velocity. This permits to get an approximate
value of the exponent b. This plot type is made for each
water temperature so the influence of the Prandtl num-
ber will be small. In this case, a linear least square
analysis of the experimental values (logMNu) versus
(logRe) is applied at each set of constant water tem-
perature. Then, by using the obtained value of b, all the
experimental data are plotted as log (Nu/Re”) versus
log(Pr) to determine the value of ¢, power of the Prandtl
number, and the value of a.

In the case of water flowing in shell side, Fig. 6 shows
the plots of log(Nu) versus log(Re) for the temperatures
40, 50, 60 and 65 °C. The obtained values of b together
with their associated standard errors are presented in
Table 1. It is worth mentioning that these values are
almost the same as the exponent » values obtained from
Eq. (7). As stated earlier, this is because Eq. (6) was
obtained from the dependence of the Nusselt number,
which is proportional to the heat transfer coefficient, on
the Reynolds number, which is proportional to the cir-
culation velocity, by means of Eq. (8). Again, this result
confirms that the procedure used to determined the net
MD coefficient, B, is adequate.

For each value of b ranging between 0.57 and 0.60, a
plot of log(Nu/Re") versus log(Pr) was made. The esti-
mated lineal fit parameters @ and ¢ and their associated
standard errors are presented in Table 2. As an example,
Fig. 7 shows a graph for the particular case when
b =10.59. The solid line is the least-squares fit of the
experimental data points and the dashed lines represent

Table 1
b values from fits of Eq. (8) using a log-log plot of Nu versus Re

Tyin (°C) b

Correlation coefficient

40 (59+3) 102 0.996
50 (57+3) 1072 0.997
60 (59+3) 102 0.996
65 (58 £3) 1072 0.997

Table 2
Values of ¢ and q, from fits of Eq. (8) using a log-log plot of the
factor (Nu/Re") versus Pr

b c a Correlation
coefficient
0.57 (32+3) 1072 (486+8) 107*  0.888

0.58 (32+3) 1072
0.59 (33+3) 102
0.60 (34+3) 1072

(448+7) 10*  0.900
(413+6) 10*  0.908
(380+6) 104 0.907

log (Nu/Reo'Su)

0.44 0.49 0.54 0.59 0.64 0.69 0.74
log (Pr)

Fig. 7. log(Nu/Re">) versus log(Pr). The solid line is the linear
fit of all data in shell side and the dashed lines represent 97.5%
of confidence interval.

the 97.5% of confidence interval. As can be seen, all the
experimental data points in shell side fall within this
range. In general, the values of ¢, are very similar to the
values given by most of the empirical correlations
showed in the Section 3, for either internal or external
flow (Egs. (11), (12), (14)—(17)). As a summary, in Fig. §,
all experimental data in shell side are organised as a plot
of the factor (Nu/Pr3?) versus Reynolds number. A final
value of the exponent b is then determined as well as a
value for the constant a, by fitting all the experimental
data to a potential relation using the least squares
analysis. Eq. (18) is the best fit of the experimental data

42 Fa. (18)

0 500 1000 1500 2000 2500
Re

Fig. 8. Plot of the factor (Nu/Pr3%) versus the Reynolds
number (Re) of all experimental data in shell side.



J.I. Mengual et al. | International Journal of Heat and Mass Transfer 47 (2004) 865-875 873

points for flow in shell side with a correlation coefficient
of 0.996.

Nu = 0.042 - Re"Y . pO3 (18)

This result is compared with other correlations pub-
lished elsewhere. Firstly with the Groehn equation
(Eq. (17)), and then, as an example of the correlations
used for external flow in MD processes, it has been se-
lected the Sieder and Tate equation in laminar flow (Eq.
(11).

As described in the Section 3, in this type of mem-
brane modules both parallel and cross flow are taking
place simultaneously. Our module has an equivalent yaw
angle of 87° so we have more parallel flow than cross
flow. As it is shown in Fig. 8, there is a slight increase of
our data over those predicted by Eq. (17) over the entire
range of the Reynolds number. The discrepancy between
the experimental heat transfer coefficients and the cor-
responding values predicted by Eq. (17) is about 6.5%.

As an example, the equation of Sieder and Tate (Eq.
(11)) is showed. This equation has been employed in
Ref. [19] for external flow over capillaries to calculate
heat transfer coefficients in MD processes. The experi-
mental data agree closely with this equation for Rey-
nolds number in the range 444 < Re < 1000. However,
for Reynolds numbers out of this range (Re < 444 and
Re > 1000) the experimental data do not follow Eq. (11).

In the case of water circulating in lumen side, the
experiments include both laminar and transitional flow.
The procedure utilised in the case of flow in shell side is
difficult to use in this case for all experimental data. This
procedure is used separately for experimental data in
laminar flow and the corresponding in transitional flow
and the obtained value of the index ¢, was (0.30 = 0.06)
with a correlation coefficient of 0.983 and (0.32+0.03)
with a correlation coefficient of 0.943, for laminar and
transitional flow regimes, respectively. As was observed
in the case of water flow in shell side, the index ¢ value is
close to 0.33 (see Eqgs. (11), (12), (14)—(17)). Finally, in
Fig. 9, the factor (Nu/Pr®3) is plotted as function of the
Reynolds number using all experimental data corre-
sponding to water flow in lumen side.

Fig. 9 shows clearly a gradual transition between the
laminar and turbulent limits presented by the solid lines
(Eq. (11) at Re < 2100, Eq. (14) at 2100 < Re < 5000 and
the extrapolation of the Eq. (14) at low Reynolds
number). In our opinion, the results for flow inside the
capillaries agree worse with the empirical correlations
for flow in laminar regime than in transitional regime.

In the laminar region, the experimental heat transfer
coeflicients are higher than the calculated ones using the
proposed empirical correlations for laminar flow (Egs.
(9)-(13)), especially at Reynolds numbers close to 2100.
To be more rigorous, a comparison between the exper-
imental heat transfer coefficients and the values pre-

251

Y
Egq. (11)
L

0 . . I . I . I . )
0 1000 2000 3000 4000 5000

Re

Fig. 9. Plot of the factor (Nu/Pr"3®) versus the Reynolds
number (Re) of all experimental data in lumen side.

dicted from (Egs. (9)-(13)) was made on the basis of the
minimum weighed standard deviation, oy, defined as:

1172
w,theo. )1

o LIZ(h(WP )} (19)
where j is the number of experimental data points. The
obtained values of &, were: 0.29, 0.22, 0.25, 0.34 and
0.34 applying Egs. (9)—(13), respectively. Note that the
minimum error was found when applying Eq. (10). Eq.
(13), which is based on heat transfer experiments in-
cluding free convection, was expected to augment the
heat fluxes. However, in this case, according to the
analysis performed in Refs. [14,30], the influence of
the free convection is negligible as the calculated factor
(Gr/Re?) is below unity and the deviations between the
experimental and the calculated heat transfer coefficients
were maintained high. In general, the present experi-
mental data do not fit well the traditional heat transfer
correlations for laminar flow in lumen side. Conse-
quently, when one applies the proposed correlations for
internal laminar flow, a great error is introduced at the
determination of the heat transfer coefficients, which will
increase the MD modelling error. Also, at Reynolds
numbers higher than 2100, neither the Dittus—Boelter
correlation (Eq. (14)) nor the Sieder and Tate one (Eq.
(15)) should be used. As shown in Fig. 9, the experi-
mental heat transfer coefficients are lower than the cal-
culated ones at high Reynolds numbers.

In the transition region, the heat transfer grows with
the Reynolds number, apparently approaching the tur-
bulent heat transfer limit in Eq. (14) at high Reynolds
numbers. Hausen’s correlation for flow in transitional
regime (Eq. (16)) provides a reasonable description of
the data. The discrepancy between the experimental heat
transfer coefficient and the transitional heat transfer
result in Eq. (16) is only about 10% for Reynolds
numbers higher than 2000. It is worth noticing that in
our case the critical Reynolds number is not so clearly
defined, it may be between 2000 and 2400.
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Generally speaking, our data do not fit all the tra-
ditional heat transfer correlations for neither external
flow in shell side or for internal flow in lumen side, es-
pecially in the regime corresponding to low Reynolds
number. The difference observed between the theoretical
and the experimental Nusselt numbers can be due to
several causes. The most important cause is that the
conditions and processes of experimental operation
differ appreciably, and the boundary conditions of
constant wall temperature or constant heat flux are not
strictly valid because of the influence of the mass
transfer through the membrane. Additionally, the
membrane may deform under excess external pressure
conditions (high pressure on the shell side). This leads to
a change of tube side flow area and will lead to inac-
curacies in the determination of the tube side Reynolds
and Nusselt numbers. Besides, the presence of the cap-
illary membrane type may act as a turbulence promoter,
which will reduce the boundary layer thickness adjacent
to the membrane surface. In addition, more turbulence
may occur due to the roughness of the microporous MD
membranes. On the other hand, there may be irregular
distribution of flow through each one of the capillaries
as the membrane material is soft. This fact will influence
the uniformity of the MD flux within the membrane
module. In this sense, the characteristic constants of the
heat transfer empirical correlations must be re-evaluated
for heat transfer calculations in MD systems.

5. Conclusions

An experimental study of VMD processes, in a
shell-and-tube capillary membrane module was pre-
sented. The effect of the water circulation velocity and
temperature on the MD flux has been discussed. A
method to estimate the feed boundary layer heat
transfer coefficients in both lumen and shell sides of the
capillary membrane module has been presented. A
critical review of most frequently used heat transfer
empirical correlations in MD is presented. The results
show that:

(1) An increase in the water circulation velocity is ac-
companied by an increase in the MD flux and a cor-
responding increase in the heat transfer coefficient in
the liquid feed boundary layer. This can be attrib-
uted to a reduction in the temperature polarisation
effect.

(2) The MD flux is strongly dependent on the water
temperature, following an Arrhenius type of depen-
dence and the heat transfer coefficient increases with
this parameter.

(3) The MD flux and the heat transfer coefficient are
greater when the liquid feed is circulated in the lu-
men side than in the shell side.

(4) The applicability of the heat empirical correlations
most frequently used in MD processes has been
checked.

For flow in shell side, the experimental results agree
with Groehn’s equation (Eq. (17)) in about 93.5%. On
the contrary, do not agree with the Egs. (9)-(13) per-
formed for internal laminar flow.

For flow in lumen side, the empirical correlations in
laminar regime (Egs. (9)—-(13)) and turbulent regime
(Egs. (14) and (15)) agree worse with the experimental
data than in transitional regime (Eq. (16)).

Special care must be taken into account when one
uses the empirical correlations obtained for “pure” heat
exchangers. The characteristic constants must be re-
evaluated for heat transfer calculations in MD pro-
cesses.
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